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This article and Part Il report a computational study carried out to analyze the per-
formance achievable using a staged membrane reactor in the methane steam reforming
process to produce high purity hydrogen. A reaction/separation unit in which reactive
stages are laid out in series to permeative stages already proposed in literature (Cara-
vella et al., J Memb Sci. 2008;321:209-221) is modified here to increase its flexibility.
The improvement includes the consideration of the Pd-based membrane along the
entire length. Two- and ten-staged reactors are examined in terms of methane conver-
sion, hydrogen recovery factor and hydrogen recovery yield, considering co- and coun-
ter-current flow configurations. Individual stage lengths are obtained by maximizing ei-
ther methane conversion or hydrogen recovery yield, comparing the results to the ones
of an equivalent traditional reactor and a conventional membrane reactor. The analy-
sis allows demonstrating that the counter-current configuration leads to significant
improvements in the hydrogen recovery, but proves almost irrelevant with respect to
methane conversion. The influence of the number of stages and the amount of catalyst
is quantified in the accompanying part Il article. © 2009 American Institute of Chemical
Engineers AIChE J, 56: 248-258, 2010
Keywords: staged membrane reactor, catalyst distribution, steam reforming, hydrogen

production

Introduction

The advantage of membrane reactors with respect to con-
ventional units consists in their ability to combine two oper-
ations (i.e. reaction and selective separation) in one process
unit and exploit, whenever possible, the simultaneous perme-
ation to increase the conversion of reactants and the continu-
ous generation of products to improve the separation effi-
ciency.! This can lead to the possibility of achieving at the
same time very high purification yields and conversions
higher than the limiting equilibrium values typically encoun-
tered in traditional reactors, which could be substituted with
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innovative equipments being more compact and modular
according with the process intensification strategy.” Advan-
tages are particularly significant when highly selective mem-
branes are available for the purpose. This is the case of the
high purity hydrogen production by hydrocarbon steam
reforming, as the palladium-based membranes are capable of
performing hydrogen separation with the desired purity. In
the forthcoming hydrogen era, mainly pushed towards zero-
emission combustion engines and high efficiency fuel cells,
the use of membrane reactors to carry out reforming of
methane appears an extremely promising technology. Several
research groups have contributed to the study and characteri-
zation of such membranes with the aim to maximize their
performance and solve technological problems related to
their preparation,®* surface stability>® and inhibition or poi-
soning effect.”” 1In this sense, many researchers are
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interested in the integration of appropriate membranes in
processes involving hydrocarbons steam reforming, and dif-
ferent models have been used to simulate the so-assembled
membrane reactors. The effect of several operating condi-
tions (total pressure, membrane characteristics, sweep ratio)
have been already investigated by means of more or less
complex models in order to establish the conditions to maxi-
mize the performance of this type of equipments. In particu-
lar, Koukou et al.'® analyzed the role of nonideal flow in
membrane reactors, showing the importance of taking into
account the radial profiles when a high radial dimension is
considered. A similar study was carried out by Assabumrun-
grat et al.'' in their article on the oxidative dehydrogenation
of n-butane in a porous membrane reactor, where the effect
of several other factors like furnace temperature, air/n-butane
feed ratio and reactor size is analyzed. Some of other simu-
lation studies were carried out in parallel with experimental
analyses. Among the simulation works, the influence of the
heat transfer due to the H, permeating flux through Pd-alloy
membranes was considered by Marigliano et al.,'* whereas
Lin et al."® studied the effect of incipient removal of hydro-
gen. Oklany et al.'* considered two different membranes (a
Pd-based membrane and a microporous one), whilst Adris
et al.'® carried out the methane steam reforming in a fluid-
ized-bed membrane reactor at high temperature. Chiappetta
et al.'® analyzed the importance of the catalyst axial distribu-
tion on the temperature hot spot along a packed bed Pd-
membrane reactor performing the Water gas shift. In their
article, they considered three different axial distributions:
constant, linear and exponential, finding that it is more use-
ful to adopt a linear catalyst distribution in order to control
the hot spot. However, only recently the potential of the
operation under staged conditions has been recognized as a
possibility to increase the overall reactor performance. For
hydrogen production by methane steam reforming, Caravella
et al.'”” showed that, the use of reaction and permeation
zones in series, can — in some case significantly — enhance
the final result. This results from two aspects that can be
simplified as follows: on one hand, the presence of interme-
diate permeative zones contributes to shift the conditions far
from equilibrium in the subsequent reaction stages, thereby
re-enabling fast kinetics; on the other hand, the intermediate
conversion of reactants towards the permeable products
allows a larger driving force to be established in the permea-
tive stages, leading to an increased separation yield. The cu-
mulative effect of such a combination can be appreciable in
terms of overall conversion and hydrogen recovery yield
(RY), especially when optimized stage lengths are used.'’
However, the use of a staged membrane reactor introduces a
number of issues that need to be addressed. First of all, the
technological problems are related to the assembly of perme-
ative and nonpermeative stages along the same tubular unit.
This issue is particularly relevant when considered in combi-
nation to the low flexibility of the optimal distribution of the
stage lengths. A change in the operating conditions would in
fact need the used of a reoptimized length distribution or, in
other words, a new reactor. Another application of the con-
cept of staged membrane reactor was proposed by Li
et al.,'® although in their scheme the four stages are con-
nected in such a way that the reactive stages are placed
within a furnace and the permeative ones within another fur-
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Figure 1. Scheme of the staged membrane reactor
(SMR) considered.

nace. However, such an arrangement would in any case
require two distinct process units. As an attestation of the
continuously increasing importance of the staged membrane
reactors, several national and international patents have been
already developed or are still under development.lg_21 This
fact highlights the technological improvements able to be led
up by analyzing innovative staged equipments. In this direc-
tion, the objective of the present work is to analyze a tubular
staged reactor in which the membrane crosses the entire re-
actor and a series of stages is considered only in the feed
side of the reactor. Differently from the article of Caravella
et al.,'” who focussed on the effect of temperature and
membrane thickness, the effect of the flow configuration (co-
or counter-current) will also be investigated. By making use
of a similar model, the optimization procedure will be
applied here to determine the stage length distribution that
maximizes the conversion and the one maximizing the
hydrogen RY. Other important aspects, including the overall
amount of catalyst and the number of stages, will be investi-
gated in the accompanying part II of this work.*>

Description of the system

Starting from the idea of a staged membrane reactor to
carry out the steam reforming of methane (Caravella
et al.'’), a new reactor configuration is proposed here. In
fact, the original series of distinct reactive-only and permea-
tive-only stages poses considerable problems when it comes
to the physical realization of the reactor assembly, primarily
regarding the connections between the tubular permeable
and nonpermeable elements (typically of different materials).
It is therefore interesting to examine the performance of a
reactor in which the membrane represents the whole tube
(like in conventional membrane reactors) and the shell side
is composed of a series of reactive and inert stages (Figure
1). In this way the reactor geometry is much simpler and the
complexity is left only to the realization of the catalyst and
inert stages. However, this can be rather easily realized, for
example, by vertical deposition of successive reactive and
inert particle layers with the appropriate proportions.

With respect to the distinct-stage reactor (i.e. the
PSMR'7), the proposed unit will be a sequence of reactive-
permeative stages and permeative-only ones. As a conse-
quence, it will be not possible to compare it to the conven-
tional membrane reactor under equivalent conditions (i.e.
with the same amount of catalyst and membrane area). As
will be discussed in the “Results and discussions” section,
the comparison against conventional units will be carried out
by considering the same membrane length, i.e. the same
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Figure 2. Scheme of a staged traditional reactor with a
structure similar to the SMR shown in Figure 1.

reactor length. The presence of inert stages results in a cata-
lyst amount that will be lower than the corresponding mem-
brane reactor. A two- and a ten-stage reactor will be ana-
lyzed in details, both containing a total of the 50% of the
overall (shell) volume. Most of the analysis on the optimal
reactive stage length distributions will be carried out by
focussing on the effect of the optimization variable chosen
and on the influence of the flow configuration, considering a
corresponding tubular impermeable staged reactor as a refer-
ence (see Figure 2). The assessment of the loss of perform-
ance of the staged reactor vs. the fully filled membrane reac-
tor will be discussed later, but a more detailed comparison
under more favourable conditions can be found in part II of
this work.*?

For the rest of the system, a reference experimental work
will be considered as a data source.”> The reactor is located
inside a furnace where the temperature is assumed to be con-
trolled at a set value. The reaction mechanism of the meth-
ane steam reforming on Ni-based catalyst is taken from the
work of Xu and Froment™*:

CH4 + H,O < CO + 3H,
CO + H,0 & CO, + H;
CH4 + 2H,0 < CO; + 4H;

AH" = 206 kJ/mol
AH" = —41.4 KJ/mol (1)
AH? = 165 kJ/mol

The here-considered membrane, present in both reactive
and inert zones, is a supported Pd-based membrane, whose
permeation characteristics are taken from the experimental
work of Tong et al.>> The mathematical representation of the
system is discussed in the next section.

Mathematical model

The model used in the present study represents an exten-
sion of the one already described in detail and validated
elsewhere.'” It consists in a one-dimensional nonisothermal
model including multicomponent mass balances, energy and
momentum balance along the reactor, assuming the plug-
flow conditions. Methane steam reforming is a very fast
reaction and this leads to abrupt concentration changes, typi-
cally accounted for by means of an axial dispersion model.
However, under the operating conditions of the examined
cases, the convection contribution dominates the axial trans-
port as the longitudinal Peclet number (v x L™®/D) exceeds
1000.%° The heat transfer is considered among all the reactor
sections and from/to the furnace, with temperature-dependent
physical properties and permeance. The main enhancement
over the previous model'” is related to the possibility of
solving for the counter-current configuration. Furthermore, a
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more general correlation, also accounting for the particle-to-
shell diameter ratio, is used for heat transfer calculation (see
Appendix A). The key model features will be shortly sum-
marized in the following subsections.

Set of equations

The equations relative to the mass balances for both reac-
tive and inert stages are:

dF ?el — RARt _ N[MemnDXem

d: @
JFPem

Cli — N]MemnD%Iem

Z
with
0 i £H

Mem __ ) 2

N7 = {NHZ, i = H, 3)

and the reaction rate of the ith species, R;, is set to zero in the
inert stages. The quantities FR°' and FF*™ are the axial molar
flow rate of the ith species in the retentate and permeate,
respectively, and Ny, is the H, permeating flux through the Pd-
alloy membrane. The permeation law used is**:

K E o o

. = imesn(~ ) [(757) () ] 0
where T™°™ is the membrane temperature, calculated as
arithmetic mean of retentate and permeate temperature. The
other parameters have the following values: x = 240 x 10~ '°
molm !s ! Pa !, E; = 175631 mol !, and o = 1. It can be
noticed that Eq. 4 describes a permeating flux that does not
obey the widely accepted Sieverts’ law and the reasons for that
can be various, as reported elsewhere (e.g.2°’27). The energy
balances for the retentate and the permeate side are:
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Their form is the same for the reactive and inert stages,
since the heat lost because of reaction is included in the en-
thalpy variation. The pressure drops along the reactor are
evaluated by means of the expressions provided by Sodré
and Parise.”® In the permeation side (where there is no cata-
lyst or inert pellets) the pressure is considered as constant.
The co-current case leads to an initial value problem, which
has been solved by means of the Matlab® function “odel5s”
able to deal with stiff systems like the present one.? Differ-
ently, the counter-current configuration leads to a boundary
value problem (BVP), which has been solved by means of
the Matlab® function “bvp4c”, based on a fourth order

January 2010 Vol. 56, No. 1 AIChE Journal



Table 1.

Definition of the Performance Indices

Factor Description Formal Definition Mathematical Definition
: CH,Converted &t
X CH, conversion T Fod 1 —
CHy
HR din the Permeate Sid e
2 Recovered in the Permeate Side 2]
RF H, recovery factor T, Produced P
H R din the Permeate Sid g
H ecovered in the Permeate Side >
RY H, recovery yield 2 2

Maximum H, Produced at total CH4 Conversion 4F°

CHy

collocation method.?® Both methods use a variable integra-
tion step algorithm to reach the desired tolerance. In the
most complex cases examined, the number of discretization
points can exceed 10,000.

Optimization procedure

The model equations can be utilized to evaluate the reac-
tor performance as a function of several variables. By choos-
ing an objective function and defining the design variables,
an optimal set of values can be determined using standard
techniques. In the present work, a performance index will be
selected as objective function and the stage length distribu-
tion (i.e. the individual stage lengths) as design variables,
subjected to some physical constraints.

The assessment of the performances of a multifunctional
operation such as a (staged) membrane reactor can be quite
complex. There are various aspects that can be considered
important, such as reactant conversion and permeation effi-
ciency, and different priority can be attributed depending
upon the other equipment involved in the process. Three dif-
ferent dimensionless indexes, i.e. methane conversion (x),
hydrogen recovery factor (RF) and hydrogen RY, whose def-
initions are reported in Table 1, will be considered in the
present analysis as performance assessment. The quantities
F%I_h and Fcy, are the methane flow rate in the feed and
retentate, whereas FRg' and FF9™ are the H, molar flow rate
in the retentate and permeate side, respectively.

For the two objective functions considered, the optimiza-
tion problem is mathematically represented by:

mlaxx or m}ax RY (@)
S.t.:
n® * lTot n . lTol
R=__ P=_ 8
) lTot
Min ], < - )

where [ = {ZR,...,lfk,l’,...,lf, 1, lf and lf are the lengths of the ith
Reactive (R) and Inert (/) stage, respectively, ™" is the

minimum length that a stage can reach and /™' is the total
reactor length. Notice that the total length of the catalyst bed is
one-half the total reactor length, which, in turn, is equal to the
membrane one. The presence of a minimum length arises from
the necessity for each stage to have a nonzero integration
domain. The optimization problem was solved in Matlab® by
means of the “fmincon” function.?” Since the problem is
highly nonlinear and, hence, may exhibit multiple local
extrema, several different initial guess vectors were used to
find the global solution.

Results and Discussions

The stage length distributions will be obtained for the dif-
ferent objective functions, starting from a two-stage case in
which the catalyst is located entirely in the first half of the
reactor. This will serve as a reference for the subsequent dis-
tributions. The operating conditions and the geometrical data
of the equipments analyzed are summarized in Tables 2 and
3. The values of the H,O/CH, feed ratio (=3), the working
temperature and total pressure are chosen in order to be sim-
ilar to the ones in the experimental works of Tong et al.>»

Case 1: the catalyst mass entirely placed at the
reactor inlet

The first distribution analyzed has the whole amount of
catalyst concentrated at the reactor inlet. This configuration
will be set as reference in the comparison carried out in the
subsequent sections.

In Figure 3 the hydrogen partial pressure profiles are
shown in co- and counter-current flow on both reactor sides.
Up to the end of the catalyst bed — i.e., up to an abscissa
of 0.5 — hydrogen is produced and selectively removed
through the membrane at the same time. When the reaction
is sufficiently rapid (i.e., at the reactor inlet), the permeation
process has no significant influence on the hydrogen profiles
in the retentate and very high partial pressure gradients are
found. As the reaction rate decreases and the amount of pro-
duced hydrogen increases, the permeation rate becomes com-
parable to the reaction one and, hence, the slope of the
hydrogen profile in the reaction side decreases. In the inert
zones only permeation occurs, causing the hydrogen

Table 2. Operating Conditions

Pressure (kPa)

Side H, CH,4 CO, H,O CO Total Total Flow Rate (mmol/s)
Feed - 125 - 375 - 500 8
Sweep - - - 120 - 120 8

TH™ — 600°C, gpeq = 0.40.
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Table 3. Geometrical Data of the System

IDTube (mm) 5Mem (ﬂm) 6Supp (1’1’11'1'1)

IDShe]l (mm)

oD% (mm) L™ (cm) d,, (um)

10 6 1.2

30 32 100 400

pressures to decrease in the retentate and increase on the
other side.

In the co-current case, the hydrogen profile in the reactive
zone is flatter than the one in counter-current, whilst, in the
inert zone, its decrease in the second flow configuration is
much higher than in the first one, allowing an almost com-
plete hydrogen recovery in the counter-current case (Figure
3b). These important differences, that significantly influence
the reactor performances, can be analyzed in more details by
referring to Figure 4, where the hydrogen permeation driving
force (DF) and transmembrane flux profiles are shown. The
peculiarity of the counter-current configuration is to have a
reactor zone where a negative DF is found (back-permeation
from the permeate to the reaction side). This occurs since
the hydrogen fed at the inlet is zero, whereas it is accumu-
lated progressively in the permeate. Hence, a condition is
created in which the DF is higher in those reactor zones
where the reaction rate is slow, determining a better mem-
brane exploitation. On the contrary, in co-current the DF is
higher at the beginning of the reactor, where the kinetics is
still fast and the presence of the membrane has less influence
on the process. However, in terms of methane conversion,
the advantage of the counter-current configuration disap-
pears, as shown in Figure 5, where the two profiles reported
can be hardly distinguished.

The analysis of the other performance indexes considered
in this article allows the differences between the co- and
counter-current flow to be appreciated (Figure 6). Along
with the performance of the staged membrane reactors, also
the one of the equivalent staged traditional reactor (TR)
described in Figure 2 is reported for comparison in terms of
conversion, since no indexes related to a hydrogen recovery
degree can be defined for this equipment. It is useful to
recall here that, when comparing the staged TR performan-

150
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g
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Figure 3. H, and H,O (permeate only) partial pressure
profiles along the reactor length in the refer-
ence configuration in (a) co- and (b) counter-
current flow. The arrows indicate the sense
of the stream flow.

The operating conditions are specified in Table 2.
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ces in the course of the article, we refer to a TR having the
same distribution as the corresponding SMR considered in
all of the subsequent sections. Observing Figure 6, although
the conversion does not depend on the flow configuration
(nor does it for the staged TR), this does influence the RY
and, more strongly, the RF. In particular, from the co- to
counter-current flow, RY increases by 9% ca., whilst the
improvement in terms of RF is about 12%, reaching an
almost complete hydrogen recovery. As concerns the com-
parison with the equivalent stage TR the advantage is doubt-
less. In the figure, both the flow configurations for the TR
are reported, since their conversion values can be affected
by the different temperature profiles.

In fact, in the case where the reaction and the permeation
rate are comparable, the SMR allows an important increase
of conversion and selective hydrogen recovery, which can be
achieved even when the reaction is much faster than permea-
tion. Furthermore, the very high value of RF (virtually the
maximum achievable) could demonstrate that the distribution
considered in this section is the one corresponding to the
maximum RF. This is in analogy to what was found in a
previous investigation,'” where the maximization procedure
of RF applied to a co-current permeative-stage membrane re-
actor provided a distribution with almost the whole catalyst
mass concentrated at the beginning of the reactor.

Case 2: maximization of methane conversion

Once the SMR has been analyzed in the reference distri-
bution, an optimization procedure has been carried out by
setting the methane conversion as objective function. Carry-
ing out the optimization procedure described above, the dis-
tributions shown in Table 4 (in terms of stage lengths) are
obtained. The corresponding profiles are shown in Figure 7

H, Flux, mmol m2 s

= Co-current

= Co-current

Permeation Driving Force, kPa

=== Counter-current === Counter-current

100 LU 1 1 1 I 1 1 1 1 1 -300
0 02 04 06 08 1 0 02 04 06 08 1

Dimensioniess Length, -

Figure 4. (a) Hydrogen permeation driving force and (b)
transmembrane flux profiles (positive from
reaction to permeation side) along the reac-
tor length in the reference configuration in
co- and counter-current flow.

The operating conditions are specified in Table 2.
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Figure 5. Conversion profiles along the reactor length
in the reference configuration in co- and
counter-current flow.

The operating conditions are specified in Table 2.

(in terms of partial pressure profiles) and in Figure 8 (in
terms of conversion profiles). In this case, the situation is
quite different than in the previous one. In fact, in co-current
flow, a distribution with a very large first reactive stage is
achieved, whilst, at the same time, the one in counter-current
presents the largest reactive stage at the outlet.

As regards the reason of this opposite behavior, a possible
explanation can be provided by looking at the temperature
profiles (Figure 9). Generally speaking, it is reasonable to
think that the procedure attempts to locate the largest cata-
lyst packs in those zones where it is easier to acquire the
energy required by the reaction, i.e., where the reaction tem-
perature is the lowest. In the co-current flow this occurs
towards the beginning of the reactor, where the sweep
stream enters the reactor at the highest temperature. On the
contrary, in counter-current flow this occurs towards the end,
and, hence, the system exploits these favourable conditions
as much as possible by allocating a large catalyst pack.

The other thing to notice is that, in both the cases, a negli-
gible last inert stage is found. This fact, with the conversion
as objective function, is somehow expected, since the inert
stages do not provide any contribution to increase the con-
version. Unfortunately, clear rules to predict the shape of an
optimal distribution could not be identified, due to the com-
plexity of the coupled phenomena involved in the process.

Analyzing the values of the performance indexes (Figure
10), a quite different situation with respect to the reference
cases is found. The first thing to remark is that the conver-

0.83
' 0.8 | -
=
5 0.6 053 0.61 0.58 0.60 -
41 0.41
o> 04| 0.41
& 8

0.2 F RF | X RF | X E E 4

TR (x only)

Co-current Counter-current

Figure 6. Reactor performances in terms of recovery
yield RY, recovery factor RF and conversion x
in co- and counter-current flow in the refer-
ence catalyst distribution.

The conversion of the corresponding staged TR is also
reported for comparison in both the flow configurations.
The operating conditions are specified in Table 2.

sions in co- and counter current are more different between
each other (0.76 vs. 0.79) than the RFs (0.86 vs. 0.87). On
the contrary, the difference of RY is still significant (about
+10% for the counter-current flow). The conversions of the
staged TRs are always independent of the flow configuration.
With respect to the reference distribution, a lower value for
the staged TR is found (0.45 vs. 0.41). This is due to the
fact that, as mentioned above, in the inert stages the stream
increases its temperature, creating more favourable condi-
tions for the subsequent reactive stages. The higher is the
number of stages, the more significant is this effect. As
regards the TR in reference distribution (only two stages),
there is no possibility for the reacting stream to exploit the
amount of energy transferred in the inert stage, since, obvi-
ously, there are no other reactive stages after it. Of course,
this is a trivial case, because there are no apparent reasons
to build a TR with a useless pure heating stage, but it can be
useful to understand the role of the distribution in a staged
reactor. In other words, it can be said that the criterion by
means of which the optimization procedure acts is an ener-
getic criterion. At this regard, generally speaking, one can
consider that the optimization procedure only redistributes
the stages in such a way for the reactor to acquire the neces-
sary heat (for reaction and/or permeation) in the most effi-
ciently manner in dependence on the specific objective func-
tion chosen.

Case 3: maximization of the hydrogen RY

The other objective function we chose to consider is the
hydrogen RY. The shape of the optimal distribution is
reported in Table 5 in terms of individual stage lengths list,

Table 4. Optimal Lengths Distribution for the Maximum Conversion Criterion in Co- and Counter-Current Flow

Stage Lengths, % of the Total Reactor Length

Flow Conﬁguration R] 11 R2 12 R3 13 R4 14 R5 [5
Co-current 22.7 13.6 1.2 14.3 12.8 11.4 32 10.7 10.1 =
Counter-current 1.6 6.8 6.5 14.5 6.5 12.6 1.9 16.1 33.5 ~0

The letters “R” and “I” indicate reactive and inert stages, respectively.
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Figure 7. H, and H,O partial pressure profiles along the
reactor length for the distribution obtained
from the maximization of the CH, in (a) co-cur-
rent and (b) counter-current flow. The arrows
indicate the sense of the stream flow.

The operating conditions are specified in Table 2.

where it can be observed that the optimal values can be con-
sidered, in a first approximation, as uniformly distributed. A
possible explanation for this result is that maximizing the
RY is, by its definition, equivalent to maximize the hydrogen
content in the permeate and, thus, the permeating flux.
Therefore, the presence of too large reactive stages would
imply the presence of other very short stages, which, espe-
cially towards the reactor outlet, would not allow a large
amount of hydrogen produced and, hence, separated through
the membrane. In this sense, it is not casual that, in both the
flow configurations, the last reactive stage is little larger than
all the previous ones. The resulting hydrogen profiles, corre-
sponding to the optimal distributions, are shown in Figure 11.
In each reactive zone, the reaction rate is very fast at the
beginning and becomes slow towards the end. Considerations
similar to the ones made earlier concerning the hydrogen con-
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<
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Figure 8. Conversion profiles along the reactor length
for the catalyst distribution obtained from the
maximization of the CH,; Conversion in co-
and counter-current.

The operating conditions are specified in Table 2.
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Figure 9. Temperature profiles along the reactor length
for the catalyst distribution obtained from the
maximization of the CH,4 conversion in (a) co-
and (b) counter-current flow.

The arrows indicate the sense of the stream flow. The oper-
ating conditions are specified in Table 2.

tent in the retentate are valid. In fact, also in this case the
hydrogen partial pressure at the end of the SMR in counter-
current flow is higher than in the co-current, and, for the same
reasons, the profiles in counter-current are steeper. This
becomes clear by examining the DF and permeating flux pro-
files (Figure 12). The plot in Figure 12 shows that, in the first
part of the reactor, the DF in co-current is larger than the one
in counter-current, but this tendency changes from a certain
point on. In particular, in the reactive packs the DF profiles in
co-current decrease, whilst those in counter-current increase
significantly, causing a progressively larger gap. However, this
important difference does not affect significantly the perform-
ance of the reactor in terms of conversion.

In fact, although the conversion profiles are quite different
(Figure 13), the final values are practically the same. Hence,
also in this case the conversion is not influenced by the con-
figuration flow. Moreover, there is one more aspect to con-
sider, namely the effect of the energy transfer. In fact, the
role of the inert stages is to «recharge» the stream once it
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Figure 10. Reactor performances in terms of recovery
yield RY, recovery factor RF and conversion
x in co- and counter-current flow for the
catalyst distribution obtained from the maxi-
mization of x.

The conversion of the corresponding staged TR is also
reported for comparison in both the flow configurations.
The operating conditions are specified in Table 2.
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Table 5. Optimal Lengths Distribution for the Maximum Recovery Yield Criterion in Co- and Counter-Current Flow

Stage Lengths, % of the Total Reactor Length

Flow Configuration R, I, R, I, R; Iy R4 n Rs Is
Co-current 9.6 9.6 9.5 9.8 10.5 9.3 8.0 9.6 12.4 11.7
Counter-current 10.6 7.9 9.5 9.9 10.2 10.1 6.4 10.1 13.3 11.9

The letters “R” and “/” indicate reactive and inert stages, respectively.

has cooled down because of the reaction as well as allow a
higher permeation through the membrane.

This last consideration arises from the fact that the perme-
ating flux in an inert stage surely occurs at higher tempera-
tures than the previous reactive stage. Thus, in these condi-
tions, a lower permeation driving force is compensated by a
higher permeance. The question about the energy transfer is
of crucial importance also for the reactive stages, which
require heat from the furnace and, in this specific case, from
the permeate side. The overall effect of all these coupled
kinetic and transfer phenomena affects the performance
indexes as shown in Figure 14. One can notice the signifi-
cant difference in terms of RY and RF between co- and
counter-current. As regards RY, the counter-current flow
provides an increase of 11% ca. with respect to the co-cur-
rent case, while the improvement of RF is about 10%. These
large gaps are determined by the different behavior of the
system in terms of driving force and permeating flux ana-
lyzed above (Figure 12). The larger the permeation rate, the
higher all the performance indexes related to the hydrogen
recovery. As concerns the comparison with the correspond-
ing TRs, the improvement is evident, showing a conversion
increased by a factor of 0.30.

Comparison among the different distributions

Once three different catalyst distributions have been ana-
lyzed, it is interesting to compare their performances in
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Figure 11. H, partial pressure profiles along the reactor
length on both the membrane sides for the
distribution obtained from the maximization
of the H, Recovery Yield in (a) co- and (b)
counter-current flow.

The arrows indicate the sense of the stream flow. The
operating conditions are specified in Table 2.
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order to highlight the positive and negative aspects of each
distribution. For the co-current flow, Figure 15 reports the
three performance indexes considered in this article to-
gether with those of a conventional membrane reactor
(MR), with the same membrane area as the SMR, but com-
pletely filled with catalyst. Obviously, the larger amount of
catalyst causes the MR to overcome the performances of
all the SMRs in terms of x and RY. As concerns RF, the
reference distribution is still the best, even considering the
MR, whilst it is the worst one in terms of RY and x. This
is due to the peculiarity of the two-stage reactor, which
favours the permeative factor at the expense of the reactive
one, since the energy is not transferred as much to increase
the reaction rate but rather to get advantage to the permea-
tion rate. However, an RF higher than the MR is not a sur-
prising result, since, by its definition, it compares the
hydrogen recovered in the permeate to the hydrogen pro-
duced by the reaction. Both of these quantities are variable
and, in this case, the lower RF in the conventional MR
results from the high amount of hydrogen produced by
reaction compared to the low amount separated. Looking
at the other two distributions, they provide quite similar
values of RY and x.

As regards the counter-current flow (Figure 16), the situa-
tion is similar to the co-current from a qualitative point of
view, but here the performances are generally higher than
before, except for the conversion in the reference distribution
and for the maximized RY.

b}

H, Driving Force, kPa
H, Flux, mmol m?2 s -
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Figure 12. (a) Hydrogen permeation driving force and
(b) transmembrane flux profiles along the
reactor length for the catalyst distribution
obtained from the maximization of the H,
Recovery Yield in co- and counter-current
flow.

The operating conditions are specified in Table 2.
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Figure 13. Conversion profiles for the catalyst distribu-
tion obtained from the maximization of the
H, Recovery Yield in co- and counter-cur-
rent flow.
The operating conditions are specified in Table 2.

Furthermore, in this second case, the differences between
the various distributions are slightly larger than those in the
previous situation. In fact, RF in the reference configuration
is higher than that in MR of about 11%, against the previous
value of 3.5%. A very interesting point is that RY of the
MR in co-current (Figure 15) is the same as the one of the
SMR obtained in condition of maximum RY in counter-cur-
rent (Figure 16). This means that, only by changing the con-
figuration flow, it is possible to achieve the same perform-
ance (at least in terms of RY) as the conventional MR with
one half of the catalyst mass. This does not occur consider-
ing the conversion, since it is natural that, in conditions far
enough from equilibrium, a larger amount of catalyst pro-
vides a higher conversion.
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Figure 14. Reactor performances in terms of recovery
yield RY, recovery factor RF and conversion
x in co- and counter-current flow for the
catalyst distribution obtained from the maxi-
mization of the H, Recovery Yield.

The conversion of the corresponding staged TR is also
reported for comparison in both the flow configurations.
The operating conditions are specified in Table 2.
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Figure 15. Comparison among the SMR performances
for several catalyst distributions in co-
current flow.

The performances of the conventional MR (with the same
membrane area as the SMR but a double amount of cata-
lyst) are also reported. The operating conditions are speci-
fied in Table 2.

Conclusions

In the present work a computational model of a membrane
reactor is used to analyse the steam reforming of methane
under staged operation. The reactor consists of reactive/per-
meative stages in series to inert/permeative stages of variable
lengths. The optimal distribution of stage lengths is found by
maximizing performance indices such as the methane con-
version, the hydrogen RF and RY. The system is studied
considering co- and counter-current flow conditions. The
results show that the counter-current flow provides always
significantly better performances than the co-current one. As
concerns the shape of the distribution obtained, the analysis
reveals that an almost equi-sized distribution is achieved by
maximizing the RF in both the configuration flow, whereas,
when maximizing the conversion, the optimization procedure
provided a negligible last inert stage. The fact that the per-
formances of the ten-staged MRs are significantly higher
than the ones of the reference membrane reactor (two-staged
one) in terms of conversion and RY suggests that the

Counter-current
1
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Figure 16. Comparison among the SMR performances
for several catalyst distributions in counter-
current flow. The performances of the con-
ventional MR (with the same membrane
area as the SMR but a double amount of
catalyst) are also reported.

The operating conditions are specified in Table 2.
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number of stages represents a very important variable for
leading to a more profitable use of catalyst and, in general,
raw materials. This topic will be studied in the part II of the
present article.”
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Notation

A

D m
Dy

dP

Eq4

F

h

AH
AH{
ID, OD
k

1

mRet’ mPerm

R 1
n,n

nSlages

Yeatalyst
X

cross-sectional area (m?)

membrane mean diameter (m)

equivalent diameter (m)

mean pellet diameter (m)

permeance activation energy (J/mol)

molar flow rate (mol/s)

heat transfer coefficient [J/(s m? K)]

molar enthalpy (J/mol)

reaction molar enthalpy at the standard state (J/mol)
inner, outer diameter (m)

thermal conductivity [J/(s m K)]

stage length (m)

number of species in the retentate and permeate side (—)
number of reactive (%) and inert (') stages (—)
total number of stages (—)

molar permeating flux [mol/(m? s)]

total pressure (Pa)

partial pressure (Pa)

Prandtl Number (—)

ideal gas constant [J/(mol K)]

Reynolds number (—)

Reynolds number for packed beds (—)

rate of formation of the ith species [mol/(s m?)]
temperature (K)

overall heat transfer coefficient [J/(s m? K)]
velocity (m/s)

amount of catalyst (%)

methane conversion (—)

abscissa (m)

Greek letters

Subscripts

exponent in the H, permeation law (—)

thickness (m)

voidage (—)

permeability pre-exponential factor [mol/(m s Pa ™)]
effectiveness factor (—)

Mix = mixture
Supp = membrane support

Superscripts
Cat = catalytic bed
Ext = external
Fur = furnace
Mem = membrane
Min = minimum
SS = stainless steel
Tot = total (referred to the reactor length)
TM = trans-membrane
Acronyms
MR = conventional membrane reactor
SMR = staged membrane reactor

RF = H, recovery factor (—)

RY = H,; recovery yield (—)
TR = traditional reactor
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Appendix A

Evaluation of the Heat Transfer Coefficient

The expressions for the calculation of the furnace-shell
(U and shell-tube (U™) heat transfer coefficients are
based on a series of resistances, as illustrated in the sketch
reported in Figure Al. The temperature of the external wall
is assumed equal to that of the furnace.

The external and transmembrane overall heat transfer coef-
ficients are expressed as reported in Eq. Al. where the outer
areas are used as a reference for the shell and tube side.
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Figure A1. Scheme of the porous stainless steel sup-
ported Pd-alloy membrane considered in
this analysis.
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Figure A2. Comparison among experimental data of
Tong et al.,>® previous correlation for the
calculation of the heat transfer coefficient
and current correlation used in this work.
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The thermal conductivity of the porous support k5°PP is
shown in Eq. A3., where kss and kfj&“ are the thermal con-
ductivities of the stainless steel and of the gaseous mixture
in the tube (permeate) side, respectively.

kSupp — (1 - 8Supp>kSS + SSuppkll\D/[eir;n (A3)

where the packed bed is present, the heat transfer coefficient
between the fluid and walls is evaluated from Eq. A4.° oth-
erwise, the correlation shown in Eq. A5 is used.

Ret 6d d
P = 0.813 M exp | — b | Reb”, Rep = il
Eq Eq K
(A4)
k .
7= 0.027 21X 08 pys (A5)
Deg

The correlation for the calculation of the heat transfer
coefficient used in the present article (Eq. A4) has been
compared to the same experimental validation provided in a
previous article'” showing in fact the same behavior, as
demonstrated in Figure A2.
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